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Methanol (CH3OH), also known as methyl alcohol or wood alcohol, is the simplest alcohol. It can be used as a fuel, either as blend with gasoline in internal combustion engines​[2]​ or in fuel cell vehicles​[3]​. Also, Methanol has a versatile function in the chemical industry as starting point for many chemicals.
Methanol is produced naturally in the anaerobic metabolism of many varieties of bacteria and in some vegetation. Pure methanol was first isolated in 1661 by Robert Boyle, by distillation of boxwood. In 1834, the French chemists Dumas and Peligot determined its elemental composition. In 1922 BASF developed a process to convert synthesis gas (a mixture of carbon monoxide and hydrogen) into methanol. This process used a zinc oxide / chromium oxide catalyst, and required extremely vigorous conditions: pressures ranging from 300-1000 bar, and temperatures of about 400 °C. Modern methanol production has been made more efficient through the use of catalysts capable of operating at lower pressures. Also the synthesis gas is at present mostly produced from natural gas rather than from coal.
Today (2005) the global methanol production capacity is about 40 Mtonne/year, the actual production or demand is about 32 Mtonne (Methanol Institute 2005). Since the early 1980s, larger plants using new efficient low-pressure technologies are replacing less-efficient small facilities. In 1984, more than three quarters of world methanol capacity was located in the traditional markets of North America, Europe and Japan, with less than 10 percent located in 'distant-from -market' developing regions such as Saudi Arabia. But from that time most new methanol plants have been erected in developing regions while higher cost facilities in more developed regions were being shut down. The current standard capacities of conventional plants range between 2,000 and 3,000 tonne methanol per day. However, the newest plants tend to be much larger, with single trains of 5000 tonne/day in Point Lisas, Trinidad (start-up in 2004), 5000 tonne/day in Dayyer, Iran (start-up in 2006), and 5000 tonne/day in Labuan, Malaysia (start construction in 2006).
Methanol produced from biomass and employed in the automotive sector can address several of the problems associated with the current use of mineral oil derived fuels, such as energy security and greenhouse gas emissions.





Methanol is produced by a catalytic reaction of carbon monoxide (CO), carbon dioxide (CO2) and hydrogen (H2). These gasses, together called synthesis gas, are generally produced from natural gas.
One can also produce synthesis gas from other organic substances, such as biomass. A train of processes to convert biomass to required gas specifications precedes the methanol reactor. These processes include pre-treatment, gasification, gas cleaning, gas conditioning and methanol synthesis, as is depicted in Figure 1 and discussed in Sections 2.2 - 2.6:


Figure 1.	Key components in the conversion of biomass to methanol.
2.2	Pre-treatment
Chipping or comminution is generally the first step in biomass preparation. The fuel size necessary for fluidised bed gasification is between 0 and 50 mm (Pierik et al. 1995). Total energy requirements for chipping woody biomass are approximately 100 kJe/kg of wet biomass (Katofsky 1993) down to 240 kWe for 25 – 50 tonne/h to 3x3 cm in a hammermill, which gives 17 – 35 kJe/kg wet biomass (Pierik et al. 1995).
The fuel should be dried to 10 – 15 % depending on the type of gasifier. This consumes roughly 10 % of the energy content of the feedstock. Drying can be done by means of hot flue gas (in a rotary drum dryer) or steam (direct/indirect), a choice that among others depends on other steam demands within the process, and the extent of electricity co-production. Flue gas drying gives a higher flexibility towards gasification of a large variety of fuels. In the case of electricity generation from biomass, the integration in the total system is simpler than that of steam drying, resulting in lower total investment costs. The net electrical system efficiency can be somewhat higher (van Ree et al. 1995). On the other hand, flue gas drying holds the risk of spontaneous combustion and corrosion (Consonni et al. 1994). For methanol production, steam is required throughout the entire process, thus requiring a elaborate steam cycle anyway. It is not a priori clear whether flue gas or steam drying is a better option in methanol production. A flue gas dryer for drying from 50 % moisture content to 15 or 10 % would have a specific energy use of 2.4 – 3.0 MJ/tonne water evaporated (twe) and a specific electricity consumption of 40 – 100 kWhe/twe (Pierik et al. 1995). A steam dryer consumes 12 bar, 200 °C (process) steam; the specific heat consumption is 2.8 MJ/twe. Electricity use is 40 kWhe/twe (Pierik et al. 1995).
2.3	Gasification
Through gasification solid biomass is converted into synthesis gas. The fundamentals have extensively been described by among others Katofsky (1993). Basically, biomass is converted to a mixture of CO, CO2, H2O, H2, and light hydrocarbons, the mutual ratios depending on the type of biomass, the gasifier type, temperature and pressure, and the use of air, oxygen and steam. 
Many gasification methods are available for synthesis gas production. Based on throughput, cost, complexity, and efficiency issues, only circulated fluidised bed gasifiers are suitable for large-scale synthesis gas production. Direct gasification with air results in nitrogen dilution, which in turn strongly increases downstream equipment size. This eliminates the TPS (Termiska Processer AB) and Enviropower gasifiers, which are both direct air blown. The MTCI (Manufacturing and Technology Conversion International, affiliate of Thermochem Inc.) gasifier is indirectly fired, but produces a very wet gas and the net carbon conversion is low. Two gasifiers are selected for the present analysis: the IGT (Institute of Gas Technology) pressurised direct oxygen fired gasifier, and the BCL (Battelle Columbus) atmospheric indirectly fired gasifier. The IGT gasifier can also be operated in a maximum hydrogen mode, by increasing the steam input. Both gasifiers produce medium calorific gas, undiluted by atmospheric nitrogen, and represent a very broad range for the H2:CO ratio of the raw synthesis gas.
IGT gasifier
The IGT gasifier (Figure 2) is directly heated, this implies that some char and/or biomass are burned to provide the necessary heat for gasification. Direct heating is also the basic principle applied in pressurised reactors for gasifying coal. The higher reactivity of biomass compared to coal permits the use of air instead of pure oxygen. This could be fortuitous at modest scales because oxygen is relatively costly (Consonni and Larson 1994a). However, for the production of methanol from biomass, the use of air increases the volume of inert (N2) gas that would have to be carried through all the downstream reactors. Therefore, the use of oxygen thus improves the economics of synthesis gas processing. Air-fired, directly heated gasifiers are considered not to be suitable before methanol production.

Figure 2. The directly heated, bubbling fluidised bed gasifier of IGT (Katofsky 1993).
This gasifier produces a CO2 rich gas. The CH4 fraction could be reformed to hydrogen, or be used in a gas turbine. The H2:CO ratio (1.4 : 1) is attractive to produce methanol, although the large CO2 content lowers the overall yield of methanol. The pressurised gasification allows a large throughput per reactor volume and diminishes the need for pressurisation downstream, so less overall power is needed.
The bed is in fluidised state by injection of steam and oxygen from below, allowing a high degree of mixing. Near the oxidant entrance is a combustion zone with a higher operation temperature, but gasification reactions take place over the whole bed, and the temperature in the bed is relatively uniform (800 – 1000 °C). The gas exits essentially at bed temperature. Ash, unreacted char and particulates are entrained within the product gas and are largely removed using a cyclone. 
An important characteristic of the IGT synthesis gas is the relatively large CO2 and CH4 fractions. The high methane content is a result of the non-equilibrium nature of biomass gasification and of pressurised operation. Relatively large amounts of CO2 are produced by the direct heating, high pressure, and the high overall O:C ratio (2:1). With conventional gas processing technology, a large CO2 content would mean that overall yields of fluid fuels would be relatively low. The synthesis gas has an attractive H2:CO ratio for methanol production, which reduces the need for a shift reactor. Since gasification takes place under pressure, less downstream compression is needed.
When operated with higher steam input the IGT gasifier produces a product gas with higher a hydrogen content. This maximum hydrogen mode is especially useful if hydrogen would be the desired product, but the H2:CO ratio is also better for methanol production. However, the gasifier efficiency is lower and much more steam is needed.
BCL gasifier
The BCL gasifier is indirectly heated by a heat transfer mechanism with as shown in Figure 3. Ash, char and sand are entrained in the product gas, separated using a cyclone, and sent to a second bed where the char or additional biomass is burned in air to reheat the sand. The heat is transferred between the two beds by circulating the hot sand back to the gasification bed. This allows one to provide heat by burning some of the feed, but without the need to use oxygen, because combustion and gasification occur in separate vessels.

Figure 3.	The indirectly heated, twin bed gasifier of BCL (Katofsky 1993).
Because of the atmospheric pressure, the BCL gasifier produces a gas with a low CO2 content, but consequently containing more heavier hydrocarbons. Therefore, tar cracking and reforming are logical subsequent steps in order to maximise CO and H2 production. 
The reactor is fast fluidised allowing throughputs equal to the bubbling fluidised IGT, despite the atmospheric operation. The atmospheric operation decreases cost at smaller scale, and the BCL has some commercial experience (demo in Burlington USA, (Paisley et al. 1998)).
Because biomass gasification temperatures are relatively low, significant departures from equilibrium are found in the product gas. Therefore, kinetic gasifier modelling is complex and different for each reactor type (Consonni et al. 1994; Li et al. 2001). The main performance characteristics of both gasifiers are given in Table 1. 
Oxygen supply
Gasifiers demand oxygen, provided as air, pure oxygen or anything in between. The use of pure oxygen reduces the volume flows through the IGT gasifier and through downstream equipment which reduces investment costs. Also the Autothermal Reformer (see later) is, for the same reason, preferably fired by oxygen.
As the production of oxygen is expensive, there will likely be an economical optimum in oxygen purity. Oxygen enriched air could be a compromise between a cheaper oxygen supply and a reduced downstream equipment size.
Cryogenic air separation is commonly applied when large amounts of O2 (over 1000 Nm3/h) are required. Since air is freely available, the costs for oxygen production are directly related to the costs for air compression and refrigeration; the main unit operations in an air separation plant. As a consequence, the oxygen price is mainly determined by the energy costs and plant investment costs (van Dijk et al. 1995; van Ree 1992).
The conventional air separation unit is both capital and energy intensive. A potential for cost reduction is the development of air separation units based on conductive ionic transfer membranes (ITM) that operate on the partial pressure differential of oxygen to passively produce pure oxygen. Research and development of the ITM are in demonstration phase (DeLallo et al. 2000). Alternative options are membrane air separation, sorption technologies and water decomposition, but these are less suitable for large scale application (van Ree 1992).
2.4	Gas cleaning and contaminant limits
Raw gas versus system requirements
Table 1.	Characteristics of gasifiers, taken from Williams et al. (1995).
	IGT6)	IGT max H27)	BCL8)
	bubbling fluidised bed	bubbling fluidised bed	Indirectly heated fast fluidised bed
			
Biomass input dry basis1) (tonne/hr)	80	80	80
Initial moisture content (%)	30	30	30




Steam demand drier3) (tonne/hr) 	26.2 	26.2 tonne/hr	33.0 tonne/hr
Thermal Biomass input (MW)	HHV 428.4 / LHV 379.0	HHV 428.4 / LHV 379.0	HHV 432.4 / LHV 383.2
			
Steam (kg/kg dry feed)	0.3	0.8	0.019
Steam4) (tonne/hr)	24	64	1.52
Oxygen (kg/kg dry feed)	0.3	0.38	0




Gas yield (kmol/dry tonne)	82.0	1215)	45.8
Wet gas output kmol/hour	6560	9680	3664











LHVwet synthesis gas (MJ/Nm3)	6.70	3.90	12.7
Thermal flow (MW)	HHV 352 /LHV 296	HHV 309 / LHV 231	HHV 348 / LHV 316

1)	640 ktonne dry wood annual, load is 8000 h.
2)	Calculated from LHVwet = HHVdry  (1 - W) - Ew  (W + Hwet  mH2O); with Ew the energy needed for water evaporation (2.26 MJ/kg), Hwet the hydrogen content on wet basis (for wood Hdry = 0.062) and mH2O the amount of water created from hydrogen (8.94 kg/kg).
3)	Wet biomass: 80/0.7 = 114 tonne/hr to dry biomass 80/0.85 = 94.1 tonne/hr for IGT  evaporate water 20.2 tonne/hr at 1.3 ts/twe in Niro (indirect) steam dryer. Calculation for BCL is alike. The steam has a pressure of 12 bar and a temperature of minimally 200 °C (Pierik et al. 1995).
4)	Pressure is 34.5, 25 or 1.2 bar, temperature is minimally 250, 240 or 120 °C.
5)	Calculated from the total mass stream, 188.5 tonne/hr.
6)	Quoted from OPPA (1990) by Williams et al. (1995).
7)	Knight (1998).
8)	Compiled by Williams et al. (1995).
The raw synthesis gas produced by gasification contains impurities. The most typical impurities are organic impurities like condensable tars and BTX (benzene, toluene, and xylenes), inorganic impurities (NH3, HCN, H2S, COS, and HCl), and furthermore volatile metals, dust, and soot (Tijmensen 2000; van Ree et al. 1995). These contaminants can lower catalyst activity in reformer, shift and methanol reactor, and cause corrosion in compressors, heat exchangers and the (optional) gas turbine.
The estimated maximal acceptable contaminant concentrations are summarised in Table 2, together with the effectiveness of wet and dry gas cleaning, as described below.
The gas can be cleaned using available conventional technology, by applying gas cooling, low temperature filtration, and water scrubbing at 100 – 250 °C. Alternatively, hot gas cleaning can be considered, using ceramic filters and reagents at 350  – 800 °C. These technologies have been described thoroughly by several authors (Consonni et al. 1994; Kurkela 1996; Tijmensen 2000; van Dijk et al. 1995; van Ree et al. 1995). The considered pressure range is no problem for either of the technologies. Hot gas cleaning is advantageous for the overall energy balance when a reformer or a ceramic membrane is applied directly after the cleaning section, because these processes require a high inlet temperature. However, not all elements of hot gas cleaning are yet proven technology, while there is little uncertainty about the cleaning effectiveness of low temperature gas cleaning. Both cleaning concepts are depicted in Figure 4.
Tar removal 
Table 2.	Estimated contaminant specifications for Methanol synthesis1), and cleaning effectiveness of wet and dry gas cleaning.
	Gas phase Specification	Treatment method & remarks
		Existing technologies	Dry gas cleaning3)
Contaminant			
			
Soot (dust, char, ash)	0 ppb		Cyclones, metal filters, moving beds,	candle filters, bag filters, special soot scrubber	Specifications are met.
Alkaline (halide) metals	< 10 ppb	Active coal bed meets specification2)	SorbentsUnder development
Tar	Below dew pointCatalyst poisoning compounds < 1 ppmV	All tar and BTX:Thermal tar cracker,Oil scrubber4),Specifications are met	All tar and BTX:Catalytic tar cracker,other catalytic operations.Under development.
BTX	Below dew point		
Halide compounds			
HCl (HBr, HF)	< 10 ppb	Removed by aqueous scrubberActive coal bed meets specificationAbsorbed by dolomite in tar cracker (if applicable)	In-bed sorbents or in-stream  sorbents  < 1 ppmGuardbeds necessary
Nitrogen compounds	Total N <1 ppmV		All nitrogen:catalytic decomposition,combined removal of  NH3/H2SSelective oxidation  Under development
NH3 		Removed by aqueous scrubberRemoved to specification	
HCN		Active coal bedpossibly preceded by hydrolysis to NH3Specifications are met	
Sulphur compounds	Total S <1 ppmV2) 		All sulphur:In-bed Calcium sorbentsMetal oxide sorbents  < 20 ppm
H2S		ZnO guard bedin case of high sulphur loads a special removal step, e.g. Claus unit	
COS		active coal bedpossibly preceded by hydrolysis to H2SSpecifications are met	
			
1)	Most numbers are quoted from Fischer-Tropsch synthesis over a cobalt catalyst (Bechtel 1996; Boerrigter et al. 2003; Tijmensen 2000). Gas turbine specifications are met when FT specifications are.
2)	Cleaning requirements for MeOH synthesis are 0.1 (van Dijk et al. 1995) to 0.25 ppm H2S (Katofsky 1993). Total sulphur <1 ppmV (Boerrigter et al. 2003). For Fischer-Tropsch synthesis requirements are even more severe: 10 ppb (Tijmensen 2000).
3)	Hot gas cleaning was practiced in the Värnamo Demonstration plant, Sweden (Kwant 2001). All data on dry gas cleaning here is based on the extensive research into high temperature gas cleaning by Mitchell (Mitchell 1997; Mitchell 1998).
4)	Bergman et al. (Bergman et al. 2003).
Especially in atmospheric gasification larger hydrocarbons are formed, generally categorised as ‘tars’. When condensing, they foul downstream equipment, coat surfaces and enter pores in filters and sorbents. To avoid this, their concentration throughout the process must be below the condensation point. On the other hand, they contain a lot of potential CO and H2. They should thus preferably be cracked into smaller hydrocarbons. Fluidised beds produce tar at about 10 g/mNTP3 or 1 – 5 wt% of the biomass feed (Boerrigter et al. 2003; Milne et al. 1998; Tijmensen 2000). BTX, accounting for 0.5 volume % of the synthesis gas, have to be removed prior to the active carbon filters, which otherwise sorb the BTX completely and quickly get filled up (Boerrigter et al. 2003).
Three methods may be considered for tar removal/cracking: thermal cracking, catalytic cracking, and scrubbing. At temperatures above 1000 – 1200 °C, tars are destroyed without a catalyst, usually by addition of steam and oxygen, which acts as a selective oxidant (Milne et al. 1998). Drawbacks are the need for expensive materials, the soot production and the low thermal efficiency. Catalytic cracking (dolomite or Ni based) is best applied in a secondary bed, and avoids the mentioned problems of thermal cracking. However, the technology is not yet fully proven (Milne et al. 1998). It is not clear to what extent tars are removed (Tijmensen 2000) and the catalyst consumption and costs are matters of concern. Per kg dry wood (15 % moisture), 0.0268 kg dolomite. Part of the H2S and HCl present adsorb on dolomite (van Ree et al. 1995). The tar crackers can be integrated with the gasifier.

Figure 4.	Three possible gas cleaning trains. Top: tar cracking and conventional weg gas cleaning; middle: tar scrubbing and conventional wet gas cleaning; and bottom: tar cracking and dry gas cleaning.
Tars can also be removed at low temperature by advanced scrubbing with an oil based medium (Bergman et al. 2003; Boerrigter et al. 2003). The tar is subsequently stripped from the oil and reburned in the gasifier. At atmospheric pressures BTX are only partially removed, from about 6 bar BTX are fully removed. The gas enters the scrubber at about 400 °C, which allows high temperature heat exchange before the scrubber.
Wet gas cleaning
When the tars and BTX are removed, the other impurities can be removed by standard wet gas cleaning technologies or advanced dry gas cleaning technologies. 
Wet low temperature synthesis gas cleaning is the preferred method on the short term (van Ree et al. 1995). This method will have some energy penalty and requires additional waste water treatment, but on the short term it is more certain to be effective than hot dry gas cleaning.
A cyclone separator removes most of the solid impurities, down to sizes of approximately 5 m (Katofsky 1993). New generation bag filters made from glass and synthetic fibres have an upper temperature limit of 260 °C (Perry et al. 1987). At this temperature particulates and alkali, which condense on particulates, can successfully be removed (Alderliesten 1990; Consonni et al. 1994; Tijmensen 2000; van Ree et al. 1995). Before entering the bag filter, the synthesis gas is cooled to just above the water dew point.
After the filter unit, the synthesis gas is scrubbed down to 40 °C below the water dew point, by means of water. Residual particulates, vapour phase chemical species (unreacted tars, organic gas condensates, trace elements), reduced halogen gases and reduced nitrogen compounds are removed to a large extend. The scrubber can consist of a caustic part where the bulk of H2S is removed using a NaOH solution (van Ree et al. 1995) and an acid part for ammonia/cyanide removal. Alkali removal in a scrubber is essentially complete (Consonni et al. 1994).
With less than 30 ppm H2S in the biomass derived synthesis gas a ZnO bed may be sufficient to lower the sulphur concentration below 0.1 ppm. ZnO beds can be operated between 50 and 400 °C, the high-end temperature favours efficient utilisation. At low temperatures and pressures less sulphur is absorbed, therefore multiple beds will be used in series. The ZnO bed serves one year and is not regenerated (Katofsky 1993; van Dijk et al. 1995). Bulk removal of sulphur is thus not required, but if CO2 removal is demanded as well (see Section 2.5), a solvent absorption process like Rectisol or Sulfinol could be placed downstream, which also removes sulphur. H2S and COS are reduced to less than 0.1 ppm and all or part of the CO2 is separated (Hydrocarbon Processing 1998).
Dry / hot gas cleaning
In dry / hot gas cleaning, residual contaminations are removed by chemical absorbents at elevated temperature. In the methanol process, hot gas cleaning has little energy advantages as the methanol reactor operates at 200 – 300 °C, especially when preceding additional compression is required (efficient compression requires a cold inlet gas). However, dry / hot gas cleaning may have lower operational costs than wet gas cleaning (Mitchell 1998). Within ten years hot gas cleaning may become commercially available for BIG/CC applications (Mitchell 1998). However, requirements for methanol production, especially for catalyst operation, are expected to be more severe (Tijmensen 2000). It is not entirely clear to what extent hot gas cleaning will be suitable in the production of methanol.
Tars and oils are not expected to be removed during the hot gas cleaning since they do not condense at high temperatures. Therefore, they must be removed prior to the rest of the gas cleaning as discussed above.
For particle removal at temperatures above 400 °C, sliding granular bed filters are used instead of cyclones. Final dust cleaning is done using ceramic candle filters (Klein Teeselink et al. 1990; Williams 1998) or sintered-metal barriers operating at temperatures up to 720 °C; collection efficiencies greater that 99.8 % for 2 – 7 m particles have been reported (Katofsky 1993). Still better ceramic filters for simultaneous SOx, NOx and particulate removal are under development (White et al. 1992).
Processes for alkali removal in the 750 – 900 °C range are under development and expected to be commercialised within few years. Lead and zinc are not removed at this temperature (Alderliesten 1990). High temperature alkali removal by passing the gas stream through a fixed bed of sorbent or getter material that preferentially adsorbs alkali via physical adsorption or chemisorption was discussed by Turn et al. (1998). Below 600 °C alkali metals condense onto particulates and can more easily be removed with filters (Katofsky 1993).
Nickel-based catalysts have proved to be very efficient in decomposing tar, ammonia and methane in biomass gasification gas mixtures at about 900 °C. However, sulphur can poison these catalysts (Hepola et al. 1997; Tijmensen 2000). It is unclear if the nitrogenous component HCN is removed. It will probably form NOx in a gas turbine (Verschoor et al. 1991).
Halogens are removed by sodium and calcium-based powdered absorbents. These are injected in the gas stream and removed in the dedusting stage (Verschoor et al. 1991).
Hot gas desulphurisation is done by chemical absorption to zinc titanate or iron oxide-on-silica. The process works optimally at about 600 °C or 350 °C, respectively. During regeneration of the sorbents, SO2 is liberated and has to be processed to H2SO4 or elemental sulphur (Jansen 1990; Jothimurugesan et al. 1996). ZnO beds operate best close to 400 °C (van Dijk et al. 1995).
Early compression would reduce the size of gas cleaning equipment. However, sulphur and chloride compounds condense when compressed and they may corrode the compressor. Therefore, intermediate compression to 6 bar takes place only after bulk removal and 60 bar compression just before the guardbed.
2.5	Gas conditioning
Reforming
The synthesis gas can contain a considerable amount of methane and other light hydrocarbons, representing a significant part of the heating value of the gas. Steam reforming (SMR) converts these compounds to CO and H2 driven by steam addition over a catalyst (usually nickel) at high temperatures (Katofsky 1993). Autothermal reforming (ATR) combines partial oxidation in the first part of the reactor with steam reforming in the second part, thereby optimally integrating the heat flows. It has been suggested that ATR, due to a simpler concept could become cheaper than SMR (Katofsky 1993), although others give much higher prices (Oonk et al. 1997). There is dispute on whether the SMR can deal with the high CO and C+ content of the biomass synthesis gas. Where Katofsky writes that no additional steam is needed to prevent coking or carbon deposition in SMR, Tijmensen (2000) poses that this problem does occur in SMR and that ATR is the only technology able to prevent coking.
Steam reforming is the most common method of producing a synthesis gas from natural gas or gasifier gas. The highly endothermic process takes place over a nickel-based catalyst:
CH4 + H2O  CO + 3H2	Equation 1
C2H4 + 2H2O  2CO + 4H2	Equation 2
C2H6 + 2H2O  2CO + 5H2 	Equation 3
Concurently, the water gas shift reaction (see below) takes place, and brings the reformer product to chemical equilibrium (Katofsky 1993).
Reforming is favoured at lower pressures, but elevated pressures benefit economically (smaller equipment). Reformers typically operate at 1 – 3.5 MPa. Typical reformer temperature is between 830 °C and 1000 °C. High temperatures do not lead to a better product mix for methanol production (Katofsky 1993). The inlet stream is heated by the outlet stream up to nearby the reformer temperature to match reformer heat demand and supply. In this case less synthesis gas has to be burned compared to a colder gas input, this eventually favours a higher methanol production. Although less steam can be raised from the heat at the reformer outlet, the overall efficiency is higher.
SMR uses steam as the conversion reactant and to prevent carbon formation during operation. Tube damage or even rupture can occur when the steam to carbon ratio drops below acceptable limits. The specific type of reforming catalyst used, and the operating temperature and pressure are factors that determine the proper steam to carbon ratio for a safe, reliable operation. Typical steam to hydrocarbon-carbon ratios range from 2:1 for natural gas feeds with CO2 recycle, to 3:1 for natural gas feeds without CO2 recycle, propane, naphtha and butane feeds (King et al. 2000). Usually full conversion of higher hydrocarbons in the feedstock takes place in an adiabatic pre-reformer. This makes it possible to operate the tubular reformer at a steam to carbon ratio of 2.5. When higher hydrocarbons are still present, the steam to carbon ratio should be higher: 3.5. In older plants, where there is only one steam reformer, the steam to carbon ratio was typically 5.5. A higher steam:carbon ratio favours a higher H2:CO ratio and thus higher methanol production. However, more steam must be raised and heated to the reaction temperature; this decreases the process efficiency. Neither is additional steam necessary to prevent coking (Katofsky 1993).
Pre-heating the hydrocarbon feedstock with hot flue gas in the SMR convection section, before steam addition, should be avoided. Dry feed gas must not be heated above its cracking temperature. Otherwise, carbon may be formed, thereby, decreasing catalyst activities, increasing pressure drop and limiting plant throughput. In the absence of steam, cracking of natural gas occurs at temperatures above 450 °C, while the flue gas exiting SMRs is typically above 1000 °C (King et al. 2000).
Nickel catalysts are affected by sulphur at concentrations as low as 0.25 ppm. An alternative would be to use catalysts that are resistant to sulphur, such as sulphided cobalt/molybdate. However, since other catalysts downstream of the reformer are also sensitive to sulphur, it makes the most sense to remove any sulphur before conditioning the synthesis gas (Katofsky 1993). The lifetime of catalysts ranges from 3 years (van Dijk et al. 1995) to 7 years (King et al. 2000). The reason for change out are typically catalyst activity loss and increasing pressure drop over the tubes.
Autothermal reforming (ATR) combines steam reforming with partial oxidation. In ATR, only part of the feed is oxidised, enough to supply the necessary heat to steam reform the remaining feedstock. The reformer produces a synthesis gas with a lower H2:CO ratio than conventional steam methane reforming (Katofsky 1993; Pieterman 2001).
An Autothermal Reformer consists of two sections. In the burner section, some of the preheated feed/steam mixture is burned stoichiometrically with oxygen to produce CO2 and H2O. The product and the remaining feed are then fed to the reforming section that contains the nickel-based catalyst (Katofsky 1993).
With ATR considerably less synthesis gas is produced, but also considerably less steam is required due to the higher temperature. Increasing steam addition hardly influences the H2:CO ratio in the product, while it does dilute the product with H2O (Katofsky 1993). Typical ATR temperature is between 900 °C and 1000 °C.
Since autothermal reforming does not require expensive reformer tubes or a separate furnace, capital costs are typically 50 – 60 % less than conventional steam reforming, especially at larger scales (Dybkjaer et al. 1997; quoted by Pieterman 2001). This excludes the cost of oxygen separation. ATR could therefore be attractive for facilities that already require oxygen for biomass gasification (Katofsky 1993).
The major source of H2 in oil refineries, catalytic reforming, is decreasing. The largest quantities of H2 are currently produced from synthesis gas by steam-reforming of methane, but this approach is both energy and capital intensive. Partial oxidation of methane with air as the oxygen source is a potential alternative to the steam-reforming processes. In methanol synthesis starting from C1 to C3, it offers special advantages. The amount of methanol produced per kmol hydrocarbon may be 10 to 20 % larger than in a conventional process using a steam reformer (de Lathouder 1982). However, the large dilution of product gases by N2 makes this path uneconomical, and, alternatively, use of pure oxygen requires expensive cryogenic separation (Maiya et al. 2000).
Reforming is still subject to innovation and optimisation. Pure oxygen can be introduced in a partial oxidation reactor by means of a ceramic membrane, at 850 – 900 °C, in order to produce a purer synthesis gas. Lower temperature and lower steam to CO ratio in the shift reactor leads to a higher thermodynamic efficiency while maximising H2 production (Maiya et al. 2000).
Water gas shift
The synthesis gas produced by the BCL and IGT gasifiers has a low H2:CO ratio. The water gas shift (WGS) reaction (Equation 4) is a common process operation to shift the energy value of the carbon monoxide to the hydrogen, which can then be separated using pressure swing adsorption. If the stoichiometric ratio of H2, CO and CO2 is unfavourable for methanol production, the water gas shift can be used in combination with a CO2 removal step. The equilibrium constant for the WGS increases as temperature decreases. Hence, to increase the production to H2 from CO, it is desirable to conduct the reaction at lower temperatures, which is also preferred in view of steam economy. However, to achieve the necessary reaction kinetics, higher temperatures are required (Armor 1998; Maiya et al. 2000).
CO + H2O  CO2 + H2	Equation 4
The water gas shift reaction is exothermic and proceeds nearly to completion at low temperatures. Modern catalysts are active at as low as 200 °C (Katofsky 1993) or 400 °C (Maiya et al. 2000). Due to high catalyst selectivity, all gases except those involved in the water-gas shift reaction are inert. The reaction is independent of pressure.
Conventionally, the shift is realised in a successive high temperature (360 °C) and low temperature (190 °C) reactor. Nowadays, the shift section is often simplified by installing only one CO-shift converter operating at medium temperature (210 °C) (HaldorTopsoe 1991). For methanol synthesis, the gas can be shifted partially to a suitable H2:CO ratio, therefore ‘less than one’ reactor is applied. The temperature may be higher because the reaction needs not to be complete and this way less process heat is lost.
Theoretically the steam:carbon monoxide ratio could be 2:1. On lab scale good results are achieved with this ratio (Maiya et al. 2000). In practice extra steam is added to prevent coking (Tijmensen 2000).
CO2 removal
The synthesis gas from the gasifier contains a considerable amount of CO2. After reforming or shifting, this amount increases. To get the ratio (H2-CO2)/(CO +CO2) to the value desired for methanol synthesis, part of the carbon dioxide could be removed. For this purpose, different physical and chemical processes are available. Chemical absorption using amines is the most conventional and commercially best-proven option. Physical absorption, using Selexol, has been developed since the seventies and is an economically more attractive technology for gas streams containing higher concentrations of CO2. As a result of technological development, the choice for one technology or another could change in time, e.g. membrane technology or still better amine combinations could play an important role in future. 
Chemical absorption using amines is especially suitable when CO2 partial pressures are low, around 0.1 bar. It is a technology that makes use of chemical equilibria, shifting with temperature rise or decline. Basically, CO2 binds chemically to the absorbent at lower temperatures and is later stripped off by hot steam. Commonly used absorbents are alkanolamines applied as solutions in water. Alkanolamines can be divided into three classes: primary, secondary and tertiary amines. Most literature is focused on primary amines, especially monoethanolamine (MEA), which is considered the most effective in recovering CO2 (Farla et al. 1995; Wilson et al. 1992), although it might well be that other agents are also suitable as absorbents (Hendriks 1994). The Union Carbide “Flue Guard” process and the Fluor Daniel Econamine FG process (formerly known as the Dow Chemical Gas/Spec FT-1 process) use MEA, combined with inhibitors to reduce amine degradation and corrosion. The cost of amine based capture are determined by the cost of the installation, the annual use of amines, the steam required for scrubbing and the electric power. There is influence of scale and a strong dependence on the CO2 concentration (Hendriks 1994). The investment costs are inversely proportional to the CO2 concentration in the feed gas when these range from 4 to 8 %. MEA is partly entrained in the gas phase, this results in chemical consumption of 0.5 – 2 kg per tonne CO2 recovered (Farla et al. 1995; Suda et al. 1992). The presence of SO2 leads to an increased solvent consumption (Hendriks 1994).
When the CO2 content makes up an appreciable fraction of the total gas stream, the cost of removing it by heat regenerable reactive solvents may be out of proportion to the value of the CO2. To overcome the economic disadvantages of heat regenerable processes, physical absorption processes have been developed which are based on the use of essentially anhydrous organic solvents which dissolve the acid gases and can be stripped by reducing the acid-gas partial pressure without the application of heat. Physical absorption requires a high partial pressure of CO2 in the feed gas to be purified, 9.5 bar is given as an example by Hendriks (1994). Most physical absorption processes found in literature are Selexol, which is licensed by Union Carbide, and Lurgi’s Rectisol (Hendriks 1994; Hydrocarbon Processing 1998; Riesenfeld et al. 1974). These processes are commercially available and frequently used in the chemical industry. In a counter current flow absorption column, the gas comes into contact with the solvent, a 95 % solution of the dimethyl ether of polyethylene glycol in water. The CO2 rich solvent passes a recycle flash drum to recover co-absorbed CO and H2. The CO2 is recovered by reducing the pressure through expanders. This recovery is accomplished in serially connected drums. The CO2 is released partly at atmospheric pressure.  After the desorption stages, the Selexol still contains 25 - 35 % of the originally dissolved CO2. This CO2 is routed back to the absorber and is recovered in a later cycle. The CO2 recovery rate from the gas stream will be approximately 98 to 99 % when all losses are taken into account. Half of the CO2 is released at 1 bar and half at elevated pressure: 4 bar. Minor gas impurities such as carbonyl sulphide, carbon disulphide and mercaptans are removed to a large extent, together with the acid gases. Also hydrocarbons above butane are largely removed. Complete acid-gas removal, i.e. to ppm level, is possible with physical absorption only, but is often achieved in combination with a chemical absorption process. Selexol can also remove H2S, if this was not done in the gas-cleaning step.
It has been suggested by De Lathouder (1982) to scrub CO2 using crude methanol from the synthesis reactor that has not yet been expanded. The pressure needed for the CO2 absorption into the methanol is similar tot the methanol pressure directly after synthesis. This way only a limited amount of CO2 is removed, and the required CO2 partial pressure is high, but the desired R can be reached if conditions are well chosen. The advantage of this method is that no separate regeneration step is required and that it is not necessary to apply extra cooling of the gas stream before the scrubbing operation. The CO2 loaded crude methanol can be expanded to about atmospheric pressure, so that the carbon dioxide is again released, after which the methanol is purified as would normally be the case.
Physical adsorption systems are based on the ability of porous materials (e.g. zeolites) to selectively adsorb specific molecules at high pressure and low temperature and desorb them at low pressure and high temperature. These processes are already commercially applied in hydrogen production, besides a highly pure hydrogen stream a pure carbon dioxide stream is co-produced. Physical adsorption technologies are not yet suitable for the separation of CO2 only, due to the high energy consumption (Ishibashi et al. 1998; Katofsky 1993).
2.6	Methanol synthesis
Methanol is produced by the hydrogenation of carbon oxides over a suitable (copper oxide, zinc oxide, or chromium oxide-based) catalyst:
CO + 2H2  CH3OH	Equation 5
CO2 + 3H2  CH3OH + H2O	Equation 6
The first reaction is the primary methanol synthesis reaction, a small amount of CO2 in the feed (2-10%) acts as a promoter of this primary reaction and helps maintain catalyst activity. The stoichiometry of both reactions is satisfied when R in the following relation is 2.03 minimally (Katofsky 1993). H2 builds up in the recycle loop, this leads to an actual R value of the combined synthesis feed (makeup plus recycle feed) of 3 to 4 typically.
	Equation 7
The reactions are exothermic and give a net decrease in molar volume. Therefore, the equilibrium is favoured by high pressure and low temperature. During production, heat is released and has to be removed to keep optimum catalyst life and reaction rate. 0.3 % of the produced methanol reacts further to form side products as dimethyl ether, formaldehyde or higher alcohols (van Dijk et al. 1995).
The catalyst deactivates primarily because of loss of active copper due to physical blockage of the active sites by large by-product molecules; poisoning by halogens or sulphur in the synthesis gas, which irreversibly form inactive copper salts; and sintering of the copper crystallites into larger crystals, which then have a lower surface to volume ratio.
Conventionally, methanol is produced in two-phase systems: the reactants and products forming the gas phase and the catalyst being the solid phase. The production of methanol from synthesis gas was first developed at BASF in 1922 Germany. This process used a zinc oxide / chromium oxide catalyst with poor selectivity, and required extremely vigorous conditions—pressures ranging from 300–1000 bar, and temperatures of about 400 °C. In the 1960s and 70s the more active Cu/Zn/Al catalyst was developed allowing more energy-efficient and cost-effective plants, and larger scales. Processes under development at present focus on shifting the equilibrium to the product side to achieve higher conversion per pass. Examples are the gas/solid/solid trickle flow reactor, with a fine adsorbent powder flowing down a catalyst bed and picking up the produced methanol; and liquid phase methanol processes where reactants, product, and catalyst are suspended in a liquid. Fundamentally different could be the direct conversion of methane to methanol, but despite a century of research this method has not yet proved its advantages.
Fixed bed technology
Two reactor types predominate in plants built after 1970 (Cybulski 1994; Kirk-Othmer 1995). The ICI low-pressure process is an adiabatic reactor with cold unreacted gas injected between the catalyst beds (Figure 5, left). The subsequent heating and cooling leads to an inherent inefficiency, but the reactor is very reliable and therefore still predominant. The Lurgi system (Figure 5, right), with the catalyst loaded into tubes and a cooling medium circulating on the outside of the tubes, allows near-isothermal operation. Conversion to methanol is limited by equilibrium considerations and the high temperature sensitivity of the catalyst. Temperature moderation is achieved by recycling large amounts of hydrogen rich gas, utilising the higher heat capacity of H2 gas and the higher gas velocities to enhance the heat transfer. Typically a gas phase reactor is limited to about 16 % CO gas in the inlet to the reactor, in order to limit the conversion per pass to avoid excess heating.


Figure 5.	Methanol reactor types: adiabatic quench (left) and isothermal steam raising (right).
The methanol synthesis temperature is typically between 230 and 270 °C. The pressure is between 50 and 150 bar. Higher pressures give an economic benefit, since the equilibrium then favours methanol. Only a part of the CO in the feed gas is converted to methanol in one pass through the reactor, due to the low temperature at which the catalyst operates. The unreacted gas is recycled at a ratio typically between 2.3 and 6.
The copper catalyst is poisoned by both sulphur and chlorine, but the presence of free zinc oxides does help prevent poisoning.
Liquid phase methanol production
In liquid phase processes (Cybulski 1994; USDOE 1999), the heat transfer between the solid catalyst and the liquid phase is highly efficient, and therefore the process temperature is very uniform and steady. A gas phase delivers reactants to the finely divided catalyst and removes the products swiftly. This allows high conversions to be obtained without loss of catalyst activity. The higher conversion per pass (compared to fixed bed technology) eliminates the need for a recycle loop, which implies less auxiliary equipment, less energy requirements, smaller volumetric flow through the reactor (Katofsky 1993). An additional advantage is the ability to withdraw spent catalyst and add fresh catalyst without interrupting the process.

Figure 6.	Liquid phase methanol synthesis with three phases: slurry, gas and solid.
Different reactor types are possible for liquid phase methanol production, such as a fluidised beds and monolithic reactors. Air Products and Chemicals, Inc. invented a slurry bubble column reactor in the late 1970s, which was further developed and demonstrated in the 1980s and 1990s. From 1997 tot 2003, a 300 tonne/day demonstration facility at Eastman Chemical Company in Kingsport TN produced about 400 million litres methanol from coal via gasification (Heydorn et al. 2003).
In the slurry bubble column reactor (Figure 6), reactants from the gas bubbles dissolve in the liquid and diffuse to the catalyst surface, where they react. Products then diffuse through the liquid back to the gas phase. Heat is removed by generating steam in an internal tubular heat exchanger. 
Commercial Cu/Zn/Al catalysts developed for the two-phase process are used for the three-phase process. The powdered catalyst particles typically measure 1 to 10 m and are densely suspended in a thermostable oil, chemically resistant to components of the reaction mixture at process conditions, usually paraffin. Catalyst deactivation due to exposure to trace contaminants is a point of concern (Cybulski 1994). 
Conversion per pass depends on reaction conditions, catalyst, solvent and space velocity. Experimental results show 15 – 40 % conversion for CO rich gases and 40 – 70 % CO for balanced and H2 rich gases. Computation models predict future CO conversions of over 90 %, up to 97 % respectively (Cybulski 1994; Hagihara et al. 1995). Researchers at the Brookhaven National Laboratory have developed a low temperature (active as low as 100 °C) liquid phase catalyst that can convert 90 % of the CO in one pass (Katofsky 1993). With steam addition the reaction mixture becomes balanced through the water gas shift reaction. USDOE claims that the initial hydrogen to carbon monoxide ratio is allowed to vary from 0.4 to 5.6 without a negative effect on performance (USDOE 1999).




3.1	Electricity co-generation by combined cycle
Unconverted synthesis gas that remains after the methanol production section can still contain a significant amount of chemical energy. These gas streams may be combusted in a gas turbine, although they generally have a much lower heating value (4 – 10 MJ/m3NTP) than natural gas or distillate fuel (35 – 40 MJ/m3NTP) for which most gas turbine combustors have been designed. When considering commercially available gas turbines for low calorific gas firing, the following items deserve special attention (Consonni et al. 1994; Rodrigues de Souza et al. 2000; van Ree et al. 1995): The combustion stability, the pressure loss through the fuel injection system, and the limits to the increasing mass flow through the turbine.
Different industrial and aeroderivative gas turbines have been operated successfully with low LHV gas, but on the condition that the hydrogen concentration in the gas is high enough to stabilise the flame. Up to 20 % H2 is required at 2.9 MJ/m3NTP. Hydrogen has a high flame propagation speed and thus decreases the risk of extinguishing the flame (Consonni et al. 1994).
Injecting a larger fuel volume into the combustor through a nozzle originally designed for a fuel with much higher energy density can lead to pressure losses, and thus to a decreased overall cycle efficiency. Minor modifications are sufficient for most existing turbines. In the longer term, new turbines optimised for low heating value gas might include a complete nozzle combustor re-design (Consonni et al. 1994).
The larger fuel flow rate also implies an increase in mass flow through the turbine expander, relative to natural gas firing. This can be accommodated partly by increasing the turbine inlet pressure, but this is limited by the compressor power available. At a certain moment the compressor cannot match this increased pressure any more and goes into stall: the compressor blocks. To prevent stall, decreasing the combustion temperature is necessary; this is called derating. This will lower the efficiency of the turbine, though (Consonni et al. 1994; van Ree et al. 1995). Higher turbine capacity would normally give a higher efficiency, but as the derating penalty is also stronger the efficiency gain is small (Rodrigues de Souza et al. 2000).
Due to the set-up of the engine the compressor delivers a specific amount of air. However, to burn one m3NTP of fuel gas less compressed air is needed compared to firing natural gas. The surplus air can be bled from the compressor at different pressures and used elsewhere in the plant, e.g. for oxygen production (van Ree et al. 1995). If not, efficiency losses occur.
All the possible problems mentioned for the currently available gas turbines, can be overcome when designing future GTs. Ongoing developments in gas turbine technology increase efficiency and lower the costs per installed kW over time (van Ree et al. 1995). Cooled interstages at the compressor will lower compressor work and produce heat, which can be used elsewhere in the system. Also gas turbine and steam turbine could be put on one axis, which saves out one generator and gives a somewhat higher efficiency. 
Turbines set limits to the gas quality. The gas cleaning system needs to match particles and alkali requirements of the GTs. When these standards are exceeded wearing becomes more severe and lifetime and efficiency will drop (van Ree et al. 1995). However, the synthesis gas that passed various catalysts prior to the gas turbine has to meet stricter demands. It is therefore expected that contaminants are not a real problem in gas turbines running on flue gas from methanol production.
3.2	Natural gas co-firing / co-feeding
If the caloric value of the unconverted synthesis gas is too low for (direct) combustion in a gas turbine, this could be compensated for by co-firing natural gas. Besides raising the heating value of the gas, the application of natural gas can also increase the scale, thermal efficiency, and economics of the gas turbines.
Natural gas can also be applied as co-feeding in the entire process. Or, vice versa, the large scale of existing methanol production units could be utilised by plugging-in a biomass gasifier and gas make-up section. The product can be considered partially of biomass origin.
3.3	Black liquor gasification
Pulp and paper mills produce huge amounts of black liquor as a residue. They are the most important source of biomass energy in countries such as Sweden and Finland, representing a potential energy source of 250 – 500 MW per mill. As modern kraft pulp mills have a surplus of energy, they could become key suppliers of renewable fuels in the future energy system, if the primary energy in the black liquor could be converted to an energy carrier of high value.
Ekbom et al. (2003) have evaluated the production of methanol and DME (see later) from black liquor gasification (BLGMF process). This scheme could be realised against reasonable costs, if heat recovery boilers which economic life has ended are replaced by BLGMF. Using black liquor as a raw material for methanol/DME production would have the following advantages:
	Biomass logistics are extremely simplified as the raw material for fuel making is handled within the ordinary operations of the pulp & paper plant
	The process is easily pressurised, which enhances fuel production efficiency
	The produced syngas has a low methane content, which optimises fuel yield
	Pulp mill economics becomes less sensitive to pulp prices as the economics are diversified with another product
	Gasification capital cost is shared between recovery of inorganic chemicals, steam production and syngas production.
3.4	Other biofuels via gasification
Gasification, gas cleaning and make-up are important parts of the process to make methanol from biomass. These parts are also key to the production of hydrogen and Fischer-Tropsch liquids from biomass. Development of methanol from biomass thus offers synergy with development of hydrogen and Fischer-Tropsch liquids. Methanol can also be an intermediate in the production of other renewable fuels such as synthetic diesel, gasoline and dimethyl ether.
Hydrogen
The production of hydrogen from synthesis gas is somewhat simpler and cheaper than the production of methanol. The gasification step should aim at maximising the hydrogen yield, which can be further increased by reforming any methane left and a water-gas-shift reaction. Hydrogen separation takes place by pressure swing adsorption or (in future) membranes.
Hydrogen is already produced at large scale in chemical and oil industry. It is often seen as the future fuel for the transportation sector and households.
Fischer-Tropsch (FT) diesel
A broad range of hydrocarbons, ranging from methane to waxes of high molecular weight can be produced from synthesis gas using an iron or cobalt catalyst. These are called Fischer-Tropsch (FT) liquids or Gas-to-Liquids (GTL). By cracking the longer hydrocarbons and refining, a diesel is produced that can be blended into standard diesel. FT diesel has very low levels of sulphur and aromatic compounds compared to ordinary diesel and, when processed in an internal combustion engine, emit less NOx and particulates than diesel fuels.
The FT process was first developed at commercial scale for the production of synthetic oil in Germany during Second World War and was further developed by Sasol in South Africa. Sasol remains today the only producer of FT products from low grade coals. The rising oil price, availability of large amounts of “stranded gas”, and decreasing investment costs have increased the interest in FT liquids. Qatar seems to be the driver of FT development, with planned projects totaling to 800,000 bbl/day or about 114 ktonne/day (Bensaïd 2004).
In 1999 when the world had a considerable surplus of methanol production capacity, several companies proposed to retrofit methanol plants to produce alternative products, e.g. Fischer-Tropsch liquids or hydrogen (Brown 1999; Yakobson 1999). The demonstration unit of Choren in Freiberg Germany, has produced both FT liquids and methanol.
Methanol to diesel
Lurgi claims to develop a cheaper way to make ultra-clean diesel fuel from syngas via methanol. The process first converts methanol into propylene, this is followed by olefin oligomerization (conversion to distillates), then product separation-plus-hydrogenation. The intermediate methanol-to-propylene step so far is only proven at demonstration scale.
The process would yield mostly kerosene and diesel, along with a small yield of gasoline and light ends. The near-zero sulphur / polyaromatics diesel fuel resulting from this process would differ from more conventional Fischer-Tropsch diesel only in cetane numbe (>52 via “Methanol-to-Synfuel” versus >70 cetane for FT diesel). The incidental gasoline stream not only would be near-zero sulfur, but also have commercial octane ratings (92 RON, 80 MON) and maximally 11 % aromatics (Peckham 2003).
Methanol to gasoline
In the 1970s, Mobil developed and commercialised a methanol to gasoline (MTG) process. A plant was build in Montunui / New Zealand in 1985 and sold to Methanex. It produced gasoline until 1997 when the plant was permanently idled. If the gasoline is to be sold without additional blending, then further treating is necessary to reduce the amount of benzenes.
Dimethyl ether (DME)
Dimethyl ether (CH3OCH3) is generally produced by dehydration of methanol. At large scale, the methanol production and dehydration processes are combined in one reactor, such that DME is produced directly from synthesis gas slightly more efficient than methanol. The previously mentioned slurry bubble column reactor of Eastman Chemical Company in Kingsport TN has been demonstrated to be able to produce DME as well. The LPDME™ Process uses a physical mixture of a commercial methanol catalyst and a commercial dehydration catalyst in a single slurry reactor (Heydorn et al. 2003).
Like methanol, DME has promising features as fuel candidate with both the Otto and the diesel engine. With small adaptations to engine and fuel system, DME can be used in blends with diesel (10 – 20 %), leading to higher fuel efficiency and lower emissions. In otto engines, DME can be used with LPG (any %) and neat. Since DME is as easily reformed as methanol, it has a big potential as fuel of fuel cell vehicles (van Walwijk et al. 1996). DME can be easily pressurised and handled as a liquid (Ekbom et al. 2003).
4	Techno-economic performance
Following the train of components of Figure 1 and given the potential options for gasification, gas cleaning and conditioning, synthesis and separation, many routes to produce methanol from biomass can be imagined. 
The authors have previously analysed the techno-economic performance of methanol from wood through 6 concepts which will be recapitulated here. At the end of the section, results will be placed into broader perspective with other literature and with fossil gasoline and diesel.
4.1	Selection of concepts
Some concepts chosen resemble conventional production of methanol from natural gas, making use of wet gas cleaning, steam reforming, shift, and a solid bed methanol reactor. Similar concepts have previously been analysed by Katofsky (1993). Advanced components could offer direct or indirect energy benefits (liquid phase methanol synthesis, hot gas cleaning), or economic benefits (autothermal reforming). Available process units are logically combined so the supplied gas composition of a unit matches the demands of the subsequent unit, and heat leaps are restricted if possible. The following considerations play a role in selecting concepts:
	The IGT direct oxygen fired pressurised gasifier, in the normal and maximised H2 option, and the Battelle indirect atmospheric gasifier are considered for synthesis gas production, because they deliver a medium calorific nitrogen undiluted gas stream and cover a broad range of gas compositions.
	Hot gas cleaning is only sensible if followed by hot process units like reforming or (intermediate temperature) shifting. Hot gas cleaning is not applied after atmospheric gasification since the subsequent pressurisation of the synthesis gas necessitates cooling anyway.
	For reforming fuel gas produced via an IGT gasifier, an autothermal reformer is chosen, because of the higher efficiency, and lower costs. The high hydrogen yield, possible with steam reforming is less important here since the H2:CO ratio of the gas is already high. The BCL gasifier, however, is followed by steam reforming to yield more hydrogen.
	Preceding liquid phase methanol synthesis, shifting the synthesis gas composition is not necessary since the reaction is flexible towards the gas composition. When steam is added, a shift reaction takes place in the reactor itself. Before gas phase methanol production the composition is partially shifted and because the reactor is sensible to CO2 excess, part of the CO2 is removed.
	After the methanol once through options, the gas still contains a large part of the energy and is expected to suit gas turbine specifications. The same holds for unreformed BCL and IGT gases, which contain energy in the form of C2+ fractions. When the heating value of the gas stream does not allow stable combustion in a gas turbine, it is fired in a boiler to raise process steam. The chemical energy of IGT+ gas is entirely in hydrogen and carbon monoxide. After once through methanol production the gas still contains enough chemical energy for combustion in a gas turbine. 
	Heat supply and demand within plants are to be matched to optimise the overall plant efficiency.
	Oxygen is used as oxidant for the IGT gasifier and the autothermal reformer. The use of air would enlarge downstream equipment size by a factor 4. Alternatively, oxygen enriched air could be used. This would probably give an optimum between small equipment and low air separation investment costs.
These considerations led to a selection of 6 conversion concepts (see Table 3). The six concepts selected potentially have low cost and/or high energy efficiency. The concepts are composed making use of both existing commercially available technologies, as well as (promising) new technologies.
4.2	Modelling mass and energy balances
Table 3.	Selected methanol production concepts.
						
	Gasifier	Gas cleaning	Reforming	Shift	Methanol reactor	Power generation
						
1	IGTmaxH2	Wet	-	-	Liquid phase	Combined cycle
2	IGT	Hot (550 °C)	ATR	-	Liquid phase, with steam addition	Combined cycle
3	IGT	Wet	-	-	Liquid phase, with steam addition	Combined cycle
4	BCL	Wet	SMR	-	Liquid phase, with steam addition and recycle	Steam cycle
5	IGT	Hot (550 °C)	ATR	Partial	Solid bed, with recycle	Steam cycle
6	BCL	Wet	SMR	Partial	Solid bed, with recycle	Steam cycle
						
						
The selected systems were modelled in Aspen Plus, a widely used process simulation program. In this flowsheeting program, chemical reactors, pumps, turbines, heat exchanging apparatus, etc are virtually connected by pipes. Every component can be specified in detail: reactions taking place, efficiencies, dimensions of heating surfaces and so on. For given inputs, product streams can be calculated, or one can evaluate the influence of apparatus adjustments on electrical output. The plant efficiency can be optimised by matching the heat supply and demand. The resulting dimensions of streams and units and the energy balances can subsequently be used for economic analyses.
The pre-treatment and gasification sections are not modelled, their energy use and conversion efficiencies are included in the energy balances, though. The models start with the synthesis gas composition from the gasifiers as given in Table 1. 
The heat supply and demand within the plant is carefully matched, aimed at maximizing the production of superheated steam for the steam turbine. The intention was to keep the integration simple by placing few heat exchangers per gas/water/steam stream. Of course, concepts with more process units demanding more temperature altering are more complex than concepts consisting of few units. First, an inventory of heat supply and demand was made. Streams matching in temperature range and heat demand/supply were combined: e.g. heating before the reformer by using the cooling after the reformer. When the heat demand is met, steam can be raised for power generation. Depending on the amount and ratio of high and low heat, process steam is raised in heat exchangers, or drawn from the steam turbine: If there is enough energy in the plant to raise steam of 300 °C, but barely superheating capacity, then process steam of 300 °C is raised directly in the plant. If there is more superheating than steam raising capacity, then process steam is drawn from the steam cycle. Steam for gasification and drying is almost always drawn from the steam cycle, unless a perfect match is possible with a heat-supplying stream. The steam entering the steam turbine is set at 86 bar and 510 °C.
Table 4 summarises the outcomes of the flowsheet models. In some concepts still significant variations can be made. In concept 4, the reformer needs gas for firing. The reformer can either be entirely fired by purge gas (thus restricting the recycle volume) or by part of the gasifier gas. The first option gives a somewhat higher methanol production and overall plant efficiency. In concept 5, one can choose between a larger recycle, and more steam production in the boiler. A recycle of five times the feed volume, instead of four, gives a much higher methanol production and plant efficiency. Per concept, only the most efficient variation is reported in Table 4.
Based on experiences with low calorific combustion elsewhere (Consonni et al. 1994; van Ree et al. 1995), the gas flows in the configurations presented here are expected to give stable combustion in a gas turbine. Table 4 only includes the advanced turbines. Advanced turbine configurations, with set high compressor and turbine efficiencies and no dimension restrictions, give gas turbine efficiencies of 41 – 52 % and 1 – 2 % point higher overall plant efficiency than conventional configurations. 






1	IGT – max H2, Scrubber, Liquid Phase Methanol Reactor, Combined Cycle	161	53 	50 %
2	IGT, Hot Gas Cleaning, Autothermal Reformer, Liquid Phase Methanol Reactor with Steam addition, Combined Cycle	173	62	55 %
3	IGT, Scrubber, Liquid Phase Methanol Reactor with Steam addition, Combined Cycle	113	105	51 %
4	BCL, Scrubber, Steam Reformer, Liquid Phase Methanol Reactor with Steam Addition and Recycle, Steam Cycle	246	0	57 %
5	IGT, Hot Gas Cleaning, Autothermal Reformer, Partial Shift, Conventional Methanol Reactor with Recycle, Steam Turbine	221	15	55 %
6	BCL, Scrubber, Steam Reforming, Partial Shift, Conventional Methanol Reactor with Recycle, Steam Turbine	255	-17	55 %
				
				
1)	Net electrical output is gross output minus internal use. Gross electricity is produced by gas turbine and/or steam turbine. The internal electricity use stems from pumps, compressors, oxygen separator, etc. 
2)	The overall energy efficiency is expressed as the net overall fuel + electricity efficiency on HHV basis. This definition gives a distorted view, since the quality of energy in fuel and electricity is considered equal, while in reality it is not. Alternatively, one could calculate a fuel only efficiency, assuming that the electricity part could be produced from biomass at e.g. 45 % HHV in an advanced BIG/CC (Faaij et al. 1998), this definition would compensate for the inequality of electricity and fuel in the most justified way, but the referenced electric efficiency is of decisive importance. Another qualification for the performance of the system could use exergy: the amount of work that could be delivered by the material streams.
Based on the overall plant efficiency, the methanol concepts lie in a close range of 50 – 57 %. Liquid phase methanol production preceded by reforming (concepts 2 and 4) results in somewhat higher overall efficiencies. After the pressurised IGT gasifier hot gas cleaning leads to higher efficiencies than wet gas cleaning, although not better than concepts with wet gas cleaning after a BCL gasifier. 
Several units may be realised with higher efficiencies than considered here. For example, new catalysts and carrier liquids could improve liquid phase methanol single pass efficiency up to 95 % (Hagihara et al. 1995). The electrical efficiency of gas turbines will increase by 2 – 3 % points when going to larger scale (Gas Turbine World 1997).
4.3	Costing method
An economic evaluation has been carried out for the concepts considered. Plant sizes of 80, 400, 1000 and 2000 MWth HHV are evaluated, 400 MWth being the base scale. The scale of the conversion system is expected to be an important factor in the overall economic performance. This issue has been studied for BIG/CC systems (Faaij et al. 1998; Larson et al. 1997), showing that the economies of scale of such units can offset the increased costs of biomass transport up to capacities of several hundreds of MWth. The same reasoning holds for the methanol production concepts described here. It should, however, be realised that production facilities of 1000 – 2000 MWth require very large volumes of feedstock: 200 – 400 dry tonne/hour, or 1.6 – 3.2 dry Mtonne per year. Biomass availability will be a limitation for most locations for such large-scale production facilities, especially in the shorter term. In the longer term (2010 – 2030), if biomass production systems become more commonplace, this can change. Very large scale biomass conversion is not without precedent: various large-scale sugar/ethanol plants in Brazil have a biomass throughput of 1 – 3 Mtonne of sugarcane per year, while the production season covers less than half a year. Also, large paper and pulp complexes have comparable capacities. The base scale chosen is comparable to the size order studied by Williams et al. (1995) and Katofsky (1993), 370 – 385 MWth.




	Electricity supply / demand (fixed power price)
The total annual investment is calculated by a factored estimation (Peters et al. 1980), based on knowledge of major items of equipment as found in literature or given by experts. The uncertainty range of such estimates is up to  30 %. The installed investment costs for the separate units are added up. The unit investments depend on the size of the components (which follow from the Aspen Plus modelling), by scaling from known scales in literature (see Table 5), using Equation 8:
	Equation 8
with	R	= Scaling factor
Various system components have a maximum size, above which multiple units will be placed in parallel. Hence the influence of economies of scale on the total system costs decreases. This aspect is dealt with by assuming that the base investment costs of multiple units are proportional to the cost of the maximum size: the base investment cost per size becomes constant. The maximum size of the IGT gasifier is subject to discussion, as the pressurised gasifier would logically have a larger potential throughput than the atmospheric BCL.
The total investment costs include auxiliary equipment and installation labour, engineering and contingencies. If only equipment costs, excluding installation, are available, those costs are increased by applying an overall installation factor of 1.86. This value is based on 33 % added investment to hardware costs (instrumentation and control 5%, buildings 1.5% grid connections 5 %, site preparation 0.5 %, civil works 10 %, electronics 7 %, and piping 4 %) and 40 % added installation costs to investment (engineering 5 %, building interest 10 %, project contingency 10 %, fees/overheads/profits 10 %, start-up costs 5 %) (Faaij et al. 1998).
The annual investment takes into account the technical and economic lifetime of the installation. The interest rate is 10 %.
Operational costs (maintenance, labour, consumables, residual streams disposal) are taken as a single overall percentage (4 %) of the total installed investment (Faaij et al. 1998; Larson et al. 1998). Differences between conversion concepts are not anticipated.
It was assumed that enough biomass will be available at 2 US$/GJ (HHV), this is a reasonable price for Latin and North American conditions. Costs of cultivated energy crops in the Netherlands amount approximately 4 US$/GJ and thinnings 3 US$/GJ (Faaij 1997), and biomass imported from Sweden on a large scale is expected to cost 7 US$/GJ (1998). On the other hand biomass grown on Brazilian plantations could be delivered to local conversion facilities at 1.6 – 1.7 US$/GJ (Hall et al. 1992; Williams et al. 1995). It has been shown elsewhere that international transport of biomass and bioenergy is feasible against modest costs.




Table 5.	Costs of system components in MUS$20011).
Unit	Base Investment Cost (fob)	Scale Factor	Base Scale	Overall installation factor 22)	Maximum Size 23)
Pre-treatment 2)					
Conveyers 3)	0.35	0.8	33.5 wet tonne/hour	1.86 (v)	110
Grinding 3)	0.41	0.6	33.5 wet tonne/hour	1.86 (v)	110
Storage 3)	1.0	0.65	33.5 wet tonne/hour	1.86 (v)	110
Dryer 3)	7.6	0.8	33.5 wet tonne/hour	1.86 (v)	110
Iron removal 3)	0.37	0.7	33.5 wet tonne/hour	1.86 (v)	110
Feeding system 3,4)	0.41	1	33.5 wet tonne/hour	1.86 (v)	110
Gasification System					
BCL 5)	16.3	0.65	68.8 dry tonne/hour	1.69	83
IGT 6)	38.1	0.7	68.8 dry tonne/hour	1.69	75
Oxygen Plant (installed) 7)	44.2	0.85	41.7 tonne O2/hour	1	-
Gas Cleaning					
Tar Cracker 3)	3.1	0.7	34.2 m3 gas/s	1.86 (v)	52
Cyclones 3)	2.6	0.7	34.2 m3 gas/s	1.86 (v)	180
High-temperature heat exchanger 8)	6.99	0.6	39.2 kg steam/s 	1.84 (v)	-
Baghouse filter 3)	1.6	0.65	12.1 m3 gas/s	1.86 (v)	64
Condensing Scrubber 3)	2.6	0.7	12.1 m3 gas/s	1.86 (v)	64
Hot Gas Cleaning 9)	30	1.0	74.1 m3 gas/s	1.72 (v)	-
Synthesis gas Processing					
Compressor 10)	11.1	0.85	13.2 MWe	1.72 (v)	-
Steam Reformer 11)	9.4	0.6	1390 kmol total/hour	2.3 (v)	-
Autothermal Reformer 12)	4.7	0.6	1390 kmol total/hour	2.3 (v)	-
Shift Reactor (installed) 13)	36.9	0.85	15.6 Mmol CO+H2/hour	1	-
Selexol CO2 removal (installed) 14)	54.1	0.7	9909 kmol CO2/hour	1	-
Methanol Production					
Gas Phase Methanol 15)	7	0.6	87.5 tonne MeOH/hour	2.1 (v)	-
Liquid Phase Methanol 16)	3.5	0.72	87.5 tonne MeOH/hour	2.1 (v)	-
Refining 17)	15.1	0.7	87.5 tonne MeOH/hour	2.1 (v)	
Power Isle 18)					
Gas Turbine + HRSG 3,19)	18.9	0.7	26.3 MWe	1.86 (v)	-
Steam Turbine + steam system 3,20)	5.1	0.7	10.3 MWe	1.86 (v)	-
Expansion Turbine 21)	4.3	0.7	10.3 MWe	1.86 (v)	-
					
1)	Annual GDP deflation up to 1994 is determined from OECD (1996) numbers. Average annual GDP deflation after 1994 is assumed to be 2.5 % for the US, 3.0 % for the EU. Cost numbers of Dutch origin are assumed to be dependent on the EU market, therefore EU GDP deflators are used. 1 €2001 = 0.94 US$2001 = 2.204 Dfl2001.
2)	Total pre-treatment approximately sums up to a base cost of 8.15 MUS$2001 at a base scale of 33.5 tonne wet/hour with an R factor of 0.79. 
3)	Based on first generation BIG/CC installations. Faaij et al. (1995) evaluated a 29 MWe BIG/CC installation (input 9.30 kg dry wood/s, produces 10.55 Nm3 fuel gas/s) using vendor quotes. When a range is given, the higher values are used (Faaij et al. 1998). The scale factors stem from Faaij et al. (1998).
4)	Two double screw feeders with rotary valves (Faaij et al. 1995).
5)	12.72 MUS$1991 (already includes added investment to hardware) for a 1650 dry tonne per day input BCL gasifier, feeding not included, R is 0.7 (Williams et al. 1995). Stronger effects of scale for atmospheric gasifiers (0.6) were suggested by Faaij et al. (1998). Technical director Mr. Paisley of Battelle Columbus, quoted by Tijmensen (2000) estimates the maximum capacity of a single BCL gasifier train at 2000 dry tonnes/day.
6)	29.74 MUS$1991 (includes already added investment to hardware) for a 1650 dry tonne/day input IGT gasifier, R = 0.7 (Williams et al. 1995). Maximum input is 400 MWth HHV (Tijmensen 2000).
7)	Air Separation Unit: Plant investment costs are given by Van Dijk (van Dijk et al. 1995): I = 0.1069·C0.8508 in MUS$1995 installed, C = Capacity in tonne O2/day. The relation is valid for 100 to 2000 tonne O2/day. Williams et al. (1995) assume higher costs for small installations, but with a stronger effect of scale: I = 0.260·C0.712 in MUS$1991 fob plus an overall installation factor of 1.75 (25 and 40%). Larson et al. (1998) assume lower costs than Van Dijk, but with an even stronger scaling factor than Williams: 27 MUS$1997 installed for an 1100 tonne O2 per day plant and R=0.6. We have applied the first formula (by Van Dijk) here. The production of 99.5% pure O2 using an air separation unit requires 250 – 350 kWh per tonne O2 (van Dijk et al. 1995; van Ree 1992).
8)	High temperature heat exchangers following the gasifier and (in some concepts) at other locations are modelled as HRSG’s, raising steam of 90 bar/520 °C. A 39.2 kg steam/s unit costs 6.33 MUS$1997 fob, overall installation factor is 1.84 (Larson et al. 1998).
9)	Tijmensen (2000) assumes the fob price for Hot Gas Cleaning equipment to be 30 MUS$2000 for a 400 MWth HHV input. This equals 74.1 m3/s from a BCL gasifier (T=863°C, 1.2 bar). There is no effect of scaling.
10)	Katofsky (1993) assumes compressors to cost 700 US$1993 per required kWmech, with an installation factor of 2.1. The relation used here stems from the compressor manufacturer Sulzer quoted by (2000). At the indicated base-scale, total installed costs are about 15 % higher than assumed by Katofsky. Multiple compressors, for synthesis gas, recycle streams, or hydrogen, are considered as separate units. Overall installation factor is taken 1.72 because the base unit matches a 400 MWth plant rather than a 70 MWth plant.
11)	Investments for steam reformer vary from 16.9 MUS$1993, for a throughput of 5800 kmol methane/hour with an overall installation factor of 2.1 (Katofsky 1993) to 7867 k$1995 for a 6.2 kg methane/s (1390 kmol/hour), overall installation factor is 2.3 (van Dijk et al. 1995). These values suggest a strong effect of scaling R=0.51, while Katofsky uses a modest R=0.7. Here, we use the values of Van Dijk in combination with an R factor of 0.6. The total amount of moles determines the volume and thus the price of the reactor.
12)	Autothermal Reforming could be 50 % cheaper than steam reforming (Katofsky 1993), although higher costs are found as well (Oonk et al. 1997).
13)	Investment for shift reactors vary from 9.02 MU$1995 for an 8819 kmol CO+H2/hr reactor, and an overall installation factor is 1.81 (Williams et al. 1995) to 30 MUS$1994 installed for a 350000 Nm3/hr CO+H2/hr (15625 kmol/hr) reactor (Hendriks 1994). Williams assumes an R=0.65, but comparison of the values suggest only a weak influence of scale (R=0.94). Here, we use the the values from Hendriks , with R is set 0.85. A dual shift is costed as a shift of twice the capacity.
14)	Costs for CO2 removal through Selexol amounts 14.3 MUS$1993 fob (overall installation factor is 1.87) for an 810 kmol CO2/hr unit, R = 0.7 (Katofsky 1993) up to 44 MUS$1994 installed for a 9909 kmol CO2/hour unit (Hendriks 1994). The value from Hendriks is assumed to be right, since his research into CO2 removal is comprehensive.
15)	Van Dijk et al. (1995) estimate that a Methanol Reactor for a 2.1 ktonne methanol per day plant costs 4433 kUS$1995 (fob) or 9526 kUS$1995 installed (overall installation factor is 2.1). The total plant investment in their study is 138 MUS$1995, or 150 MUS$2001. Katofsky (1993) estimates the costs for a 1056 tonne methanol/day plant to be 50 MUS$1995 fob, this excludes the generation and altering of synthesis gas, but includes make-up and recycle compression and refining tower. A 1000 tpd plant costs about 160 MUS$2001, and a 2000 tpd plant 200 MUS$2001, which suggests a total plant scale factor of 0.3 (Hamelinck et al. 2001). These values come near the ones mentioned by Katofsky. This implies that the values given by Van Dijk are too optimistic and should be altered by a factor 1.33. It is therefore assumed that the base investment for the methanol reactor only is 7 MUS$2001, the installation factor is 2.1. The influence of scale on reactor price is assumed to be not as strong as for the complete plant: 0.6.
16)	Installed costs for a 456 tonne per day Liquid Phase Methanol unit, are 29 MU$1997, excluding generation and altering of synthesis gas, but including make-up and recycle compression, and refining tower. R = 0.72 (Tijm et al. 1997). Corrected for scale and inflation this value is about half the cost of the conventional unit by Katofsky and the corrected costs of Van Dijk. It is therefore assumed that the price of a Liquid Phase Methanol reactor is 3.5 MUS$2001 for a 2.1 ktonne per day plant, installation factor is 2.1.
17)	Cost number for methanol separation and refining is taken from Van Dijk, increased with 33 % as described in note 15.
18)	For indication: A complete Combined Cycle amounts about 830 US$1997 per installed kWe. Quoted from (Solantausta et al. 1996) by (Oonk et al. 1997).
19)	Scaled on Gas Turbine size.
20)	Steam system consists of water and steam system, steam turbine, condenser and cooling. Scaled on Steam Turbine size.
21)	Expansion turbine costs are assumed to be the same as steam turbine costs (without steam system).
22)	Overall installation factor. Includes auxiliary equipment and installation labour, engineering and contingencies. Unless other values are given by literature, the overall installation factor is set 1.86 for a 70 MWth scale (Faaij et al. 1998). This value is based on 33% added investment to hardware costs (instrumentation and control 5%, buildings 1.5% grid connections 5%, site preparation 0.5%, civil works 10%, electronics 7%, and piping 4%) and 40 % added installation costs to investment (engineering 5%, building interest 10%, project contingency 10%, fees/overheads/profits 10%, start-up costs 5%). For larger scales, the added investments to hardware decreases slightly.
23)	Maximum sizes from Tijmensen (2000).
4.4	Results
Results of the economic analysis are given in Figure 7. The 400 MWth conversion facilities deliver methanol at 8.6 - 12 US$/GJ. Considering the 30 % uncertainty range one should be careful in ranking the concepts. Methanol 4 and 6 perform somewhat better than the other concepts due to an advantageous combination of lower investment costs and higher efficiency. The lowest methanol production price is found for concepts using the BCL gasifier, having lower investment costs. The combination of an expensive oxygen fired IGT gasifier with a combined cycle seems generally unfavourable, since the efficiency gain is small compared to the high investment. 
Investment redemption accounts for 42 – 76 % of the annual costs and is influenced by the unit investment costs, the interest rate and the plant scale. The build-up of the total investment for all concepts is depicted in Figure 8. It can be seen that the costs for the gasification system (including oxygen production), synthesis gas processing and power generation generally make up the larger part of the investment. For autothermal reforming higher investment costs (Oonk et al. 1997), would increase the methanol price from considered concepts by about 1.5 US$/GJ. Developments in gasification and reforming technology are important to decrease the investments. On the longer term capital costs may reduce due to technological learning: a combination of lower specific component costs and overall learning. A third plant build may be 15 % cheaper leading to an 8 – 15 % product cost reduction.
The interest rate has a large influence on the methanol production costs. At a rate of 5 % methanol production costs decrease with about 20 % to 7.2 – 9.0 US$/GJ. At a high interest rate (15 %) methanol production costs become 9.9 – 14 US$/GJ, Going to 1000 and 2000 MWth scales the methanol production costs reach cost levels as low as 7.1 – 9.5 US$/GJ.

Figure 7.	Methanol price for 400 MWth input concepts, with 30 % uncertainty on investment and O&M (because O&M is linear function of investment).
Feedstock costs account for 36 – 62 % of the final product costs for the mentioned technologies. If a biomass price of 1.7 US$/GJ could be realised (a realistic price for e.g. Brazil), methanol production costs would become 8.0 – 11 US$/GJ for 400 MWth concepts. On the other hand, when biomass costs increase to 3 US$/GJ (short term Western Europe) the production cost of methanol will increase to 10 – 16 US$/GJ.
If the electricity can be sold as green power, including a carbon neutral premium, the fuel production costs for power co-producing concepts drops, where the green premium essentially pays a large part of the fuel production costs. A power price of 0.08 US$/GJ would decrease methanol costs to -0.6 – 9.5 US$/GJ. Of course the decrease is the strongest for concepts producing more electricity. A green electricity scenario, however, may be a typical western European scenario. As such it is unlikely that it can be realised concurrent with biomass available at 1.7 US$/GJ.
On the long term different cost reductions are possible concurrently (Tijmensen 2000). Biomass could be widely available at 1.7 US$/GJ, capital costs for a third plant built are 15 % lower, and the large (2000 MWth) plants profit from economies of scale. These reductions are depicted in Figure 9: methanol concepts produce against 6.1 – 7.4 US$/GJ. The influence of capital redemption on the annual costs has strongly reduced and the fuel costs of the different concepts lie closer together.
Previous analyses on short term methanol production, by Katofsky (Katofsky 1993) and Williams et al. (372 MWHHV, 3.4 US$/GJHHV feedstock, 0.07 US$/kWhe (Williams 1995; Williams et al. 1995)) yielded similar energy efficiencies (54 – 61 % by HHV), but significantly higher methanol production costs: 14 – 17 US$/GJHHV. The largest difference is in the higher capital costs: higher TCI and higher annuity give 25 – 50 % higher annual capital costs. The ADL/GAVE study (Arthur D. Little 1999) reports 13 US$/GJ methanol (feed 2 US$/GJ, 433 MW input) largely using input parameters from Katofsky. Komiyama et al. (2001) instead give much lower costs than presented here: 5 US$/GJHHV for methanol at 530 MWHHV biomass input. However, in that study, process efficiencies and biomass cost are not given, and a significant amount of energy is added as LPG. 

Figure 8.	Breakdown of investment costs for 400 MWth concepts. 











Methanol can be produced from wood via gasification. Technically, all necessary reactors exist and the feasibility of the process has been proven in practice. Many configurations are possible, of which several have been discussed in this chapter. The configurations incorporated improved or new technologies for gas processing and synthesis and were selected on potential low cost or high energy efficiency. Some configurations explicitly co-produced power to exploit the high efficiencies of once-through conversion.  The overall HHV energy efficiencies remain around 55 %. Accounting for the lower energy quality of fuel compared to electricity, once-through concepts perform better than the concepts aiming at fuel only production. Also hot gas cleaning generally shows a better performance. Some of the technologies considered in this chapter are not yet fully proven/commercially available. Several units may be realised with higher efficiencies than considered here. E.g. new catalysts and carrier liquids could improve liquid phase methanol single pass efficiency. At larger scales, conversion and power systems (especially the combined cycle) may have higher efficiencies, but this has not been researched in depth.
The methanol production costs are calculated by dividing the total annual costs of a system by the produced amount of methanol. Unit sizes, resulting from the plant modelling, are used to calculate the total installed capital of methanol plants; larger units benefit from cost advantages. Assuming biomass is available at 2 US$/GJ, a 400 MWth input system can produce methanol at 9 – 12 US$/GJ, slightly above the current production from natural gas prices. The outcomes for the various system types are rather comparable, although concepts focussing on optimised fuel production with little or no electricity co-production perform somewhat better.
The methanol production cost consists for about 50 % of capital redemption, of which the bulk is in the gasification and oxygen system, synthesis gas processing and power generation units. Further work should give more insight in investment costs for these units and their dependence to scale. The maximum possible scale of particularly the pressurised gasifier gives rise to discussion. The operation and maintenance costs are taken as a percentage of the total investment, but may depend on plant complexity as well. Long term (2020) cost reductions mainly reside in slightly lower biomass costs, technological learning, and application of large scales (2000 MWth). This could bring the methanol production costs to about 7 US$/GJ, which is in the range of gasoline/diesel.
Methanol from biomass could become a major alternative for the transport sector in a world constrained by greenhouse gas emission limits and high oil prices.
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^1	  	This chapter is broadly based on Hamelinck CN and Faaij APC, 2002, Future prospects for production of methanol and hydrogen from biomass, Journal of Power Sources 111(1):1-22.
^2	  	In Europe methanol may be blended in regular gasoline up to 5 % by volume without notice to the consumer. Higher blends are possible like M85 (85 % methanol with 15 % gasoline) but would require adaptations in cars or specially developed cars. Moreover, blends higher than 5 % require adaptations in the distribution of fuels to gas stations and at the gas stations themselves. Pure methanol is sometimes used as racing fuel, such as in the Indianapolis 500.
^3	  	Methanol can be the source for hydrogen via on board reforming. Direct methanol fuel cells are under development that can directly process methanol (van den Hoed 2004).
